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PRODUCTION OF NATURAL GAS SUBSTITUTES BY CONTINUOUS
PRESSURE HYDROGENOLYSIS OF PETROLEUM OILS

E. B. Shultz, Jr., N. Mechales and H. R. Linden
Institute of Gas Technology
Chicago, Illinois

High-pressure nydrogasification is a vapor-phase, thermal hydro-
genolysis process for nearly complete conversion of distillate, crude
and residual petroleum oils to fuel gases of high methane content.

The required hydrogen supply may be generated by catalytic steam re-
forming of a portion of the product gas,®’?° or by partial oxidation
of fresh or otyproduct oil streams.*

Studies by-Dent and others*’3’® of the effects of operating var-
iebles and feedstock properties on the yileld and composition of products
of niga-pressure hydrogasificetion have been directed primarily to the
develcpment of a process for producing gases of 500-G00 B.t.u./SCF (3CF
refers to standard cubic feet measured at 60%., 30 inches of mercury
vsolute pressure, and saturated with water vapor). Work done at the

a0s

Institute of Gas Technclogy!*’*3 has been in the range of operating
conditions suitable for produc tion of high-heating-value natural gas
subpsbtlcutes.

Gases of about 900 B.t.u./SCF are best produced at hydrogen to oil

feed ratios corresponding approximetely to the stoichiometric require-
wments for methane formation. Iower feed ratios result in excessive
liguid products formabtion and carbon deposition, and nigher feed ratios
result in excessive nydrogen dilution. High-heating-value gas precduc-
tion is alsc favored by hignh pressures and long residence times. Typi-
cal cverating conditicons for a flow reactor are 1400°F. maximum tem-
perature, 1500 p.s.l.g., and residence times ranging from apout 100
secon for paraffinic olls to several hundred seconds for the less
react higner C/H welgnt ratio oils; under these conditions, only
abou of the feedstock i1s converted to liguid products con-
sisil of low-boiling aromatic hydrocarpons. In low-heating-value gas
Drod ion, substantially lower pressures and residence times, and
higher temperatures and nydrogen feed ratios, can be employed.®

The major problem in operation of high-pressure hydrogasification
processes is control of carbon deposition. Tne two continuous processes
currently being developed for fluid feedstocks use different methods of
overcoming the normal carbon-forming tendencies of crude and residual
oils during hydrogenolysis. The British Gas Council®’?’® has used a
fluidized coke bed reactor to nandle carbon laydown of somewhat less
than one-half of the Conradson carbon residue of the feedstock. In the
work described here, crude or residual oils were first subjected to a
pretreatment step essentially equivalent to many of the hydrocracking
processes now under development.2287!S Pretreatment over commercial
cobalt molybdate hydrogenation catalyst at 850°F. and 1500 p.s.l.g.,
converted these feeds to products with either negligible or greatly-re-
duced Conradson carbon residue, and with substantially lower C/H weight
ratio. Wnhen complete conversion into a distillate product was not
possible, the higher-boiling fractions contalning the carbon-forming
constituents were separated before charging to the hydrogasification
reactor.
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APPARATUS AND PROCEDURE

The apparatus comprised hydrogen ard oil feed systems, prehydro-
genation and hydrogagification reactors, product liquid recovery
sections and a product gas metering system. A flow sheet has been
presented in a preliminary study.t

Hydrogen wvas fed from storage cylinders, replenished at inter-
vals by compression of commercilal-grade cylinder hydrogen. O0il was
fed from a welgh vessel through a reciprocating proportioning pump.

In all runs, oil and hydrogen were mixed and introduced at room tem-
perature.

The downflow prehydrogenator for crude and residual oil pre- -
treatment was constructed of Type 316 stainless steel. It was 5-3/k
inches in outside diameter, 3 inches in inside diameter, and 40 inches
in inside length, and was equipped at both ends with Autoclave Engin-
eers self-sealing closures. A tnermowell, 3/8 inch in outside diameter,
extended concentrically into the reactor. In some runs, the prenhydro-
genator inside dlameter was reduced to 2 inches by insertion of a
stainless steel sleeve, 35 incnes in length.

- When the full volume of the prehydrogenator was employed, the re-
" actants were passed through a 19-inch preheat zone of 3/8-inch diameter
periclase spheres before entering the 1l6-inch catalyst bed, composed of
equal volumes of 1/8-inch tablets of a commercial cobalt molybdate on
alumina catalyst and 1/8-inch fused alumina pellets, randomly mixed.
When the sleeve was used, a 20-inch catalyst bved composed of undiluted
1/8-inch cobalt molybdate tablets was located in the center of the
reactor above a §-inch zone filled with 3/8—inch diameter periclase
spheres. The reported feed oll space velocliy for diluted catalyst was
based on the sum of the volumes of catalyst and fused alumina charged
(0.0353 cu.ft. each); for undiluted catalyst, it was based on a caf-
alyst charge volume of 0.0353 cu.ft.

The downflow hydrogasifier was constructed of 15-9DL alloy. It
was 6 inches in outside diameter, 3 inches in inside diameter, and 35
inches in inside length. A 3/8-inch diameter thermowell extended into
the reaction zone. The vessel was equipped at the top with a2n Auto-
clave Engineers self-sealing closure; the bottom consisted of an in-
tegral water-cooled tailpiece, which was sealed with a simple gasketed
closure. 1In some of the tests, a sleeve similar %o the one used in the
prehydrogenator was inserted to reduce the inside diameter to 2 inches.
Por both the prehydrogenator and hydrogasifier, high-pressure conden-
ser-separators were provided, fromwhich gases were continuously re-
covered and liquids intermittently removed.

A 10C cu.ft./hr. wet-test meter was used to measure product gas
flow rates. A4 prcportional sample of product gas was collected in a
water-sealed holder for analysis.

Reactor temperatures were sensed by Chromel-Alumel thermocouples,
and pressures by Bourdon tube geges. Tewmperatures were measured and
recorded by means of a potentiometer strip-chart; reactor and orifice
pressures were also recorded.

In initial tests, the prehydrogenator and hydrogasifier were
operated simultaneously, with the entire effluent from the prehydro-
genation step passing to the hydrogasifier. However, the periods of
adequate catalyst performance at the high temperatures required for
complete removal of carbon-forming materials from residual and low-grace
crude oils were limited by catalyst carbon deposition. Consequently,
1t appeared more practical to operate the prehydrogenator at less .
severe conditions, and to separate any high-bolling, asphaltene-contain-
ing materials from the hydrogasifier feed. This was simulated by pre-
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hydrogenation, distillation of the liquid products, and hydrogasifi-
cation of the 09-360°C.-fraction. The hydrogen to oil feed ratio to
the hydrogasifier was adjusted to account for the hydrogen consumed
in prehydrogenation. :

Product gases, and 0°-160°C. fractions of product liquids, were
analyzed with a Consolidated Engineering Co. Model 21-103 mass spec-
trometer. Other analyses were conducted in accordance with standard
ASTH methods, with the following exceptions: prehydrogenator product
liguid 500-gram distillations were carried out at atmospheric pressure
using a procedure similar to ASTM Method D1160-56T;!* carbon and hydro-
gen ultimate analyses were made by combustion train, with the Grace
and Gauger modification’ of ASTM Method D271-L4.

Specific gravities and ideal gas heating values were calculated
from gas analyses. Feed and product gas volumes and heating values
were calculated at conditions of 60°F., 30 inches of 32°F. mercury
absolute pressure, saturated with water vapor. Speciflc gravities
were computed from the average molecular weight of the dry gas, ard
were based on air of molecular weight 28.97.

PROCESS CHARACTERISTICS

Selected prehydrogenation and hydrogasification results for
typlcal feedstocks are shown in Tables 1-3 to illustrate the char-
acteristics of the process under the preferred operating conditions.
The premium feedstocks, kerosine and diesel oil, required no pre-
treatment before nydrogasification. The properties of Aruba reduced
crude were sufficiently improved by prehydrogenation to permit use
of the total product oil as hydrogasification charge stock. The
relatively low-grade Taparito crude oil still had a substantial Con-
radson carbon residue after prehydrogera tion, so6 that only the 0°-360°C.
distillate fraction was used as hydrogasification charge stock. Re-
cycle of the residue fraction to effect further conversion to dis-
tillate was found to be practical. Prehydrogenation results for Bos- '
can crude oll are also shown to illustrate that, after fractionation,
an acceptable hydrogasification charging stock could be obtained from
a crude olil feedstock typical of the lowest grade suitable for the
process. The prehydrogenation conditions used in obtaining the data
of Table 2 were determined to give practical on-stream periods of the
cormmercial catalyst used.

Table > shows the nydrogasification results of the distillate
and prenydrogenated oils at about 1400°F. maximum reaction temperature
and nydrogen to oil feed ratios corresponding to the stolchiometric re-
quirements for methane formation. The distillate oils, and the 6°-360°C.
fraction of the prehydrogenated Taparito crude oil, did not give carbon
deposition in the hydrogasifier; the prehydrogenated Aruba reduced
crude charge, which had a Conradson carbon residue of 0.41 wt. %, did
give a small carbon deposit. This suggests that even small amounts of
objectionable high-boiling fractions in the prehydrogenated oil should
be removed to ensure carbon-free hydrogasifier operation. :

Because of the high reactivity associated with its low C/H weight
ratio, kerosine gave results comprrable to those of the other feedstocks
at considerably less severe conditions; kerosine produced approximately
900 B.t.u./SCF gas of high methane-plus-ethane content at 500 p.s.i.g.
and appraximately 50 seconds residence time, whereas the other feed-
stocks required a pressure of 1500 p.s.i.g. at a residence time of
approximately 300 seconds. The relatively high ethane content of the
praoduct gas from kerosine is typical of operation at comparatively
short residence times wlth paraffinic (low C/H weight ra ioi charging
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Table 1.-PROPERTIES OF DISTILLATE OIL FEEDSTOCKS

Feed olil designation
Specific gravity

60°F./60°F. -

OAPT
Viscosity, centistokes at 100°F
Ultimate analysis, wt. %

Carbon

Hydrogen

Sulfur

Ash
Carbon/hydrogen wt. ratio
Distillation (ASTM D158-41), ©

Initial boiling point

10%

207

30%

Loz
50%
60%
T0%

-80%

90%

End point
Distillation residue and loss, %
Heat of combustion, B.t.u. /lb

SEstimated from Reference 9.

Kerosine
0.805

4y 2 -
n.d.

85.88

14.05
0.04
n.d.
6.11

349
384
396
406
413
4ol
429
439
450
470
518

2
19960 .

Diesel 01l

0.838
37.3
2.862

86.27
13.50
0.30
0.000
6.39

© 382
452
470
486
kg7
507
520
536
554
580
639

2
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Table 3.-HYDROGASIFICATION OF DISTILLATE OILS AND

PREHYDROGENATED CRULE AND RESIDUAL OIL3

Feed oll designation
N

Run No.

011 rate, 1lb. C/hr.

Hydrogen feed ratio
% of stolchiomstric
SCF,

a

Pressure, p.s.l.g.
Temperatuge, oF.
Average
Max{mm 4
Residenca time, sec.

Hydrogen consumption, SCF/1lb.
Product recovery, wt. % of oll

+ rogen fed
Product distribution, %

Gas

Liquid

Carbon
Product gas yleld,

SCF/1b.

SCF/cu.ft. reactor-hr.
Net thermal recovery,
Product gas properties
. Composition, mole ¥

N2 + CO + COa

Ha

CHy

C2Hs

Cala

1-Butane

Olefins

Benzene

Toluene
Total

Heating value, B.t.u./SCF

Specific gravity (air =

9Stotichiometric for complete conversion of C + H 1n feed
sed on average of temperatures msasured at centers of

cInterpola ted value.

Based on dry product gas volume at reactor pressure and

1

3.06

98.0
27.67
500

1325
1400
51.0
16.2

103.5
88.9

11.1
nil

= £l
oOrHO OO ®O

4

R

10 O H 0 oD

909
0.495

1750

QN
VIOW O

[e N o]
Lo e

P~NHL LW oE

]

89
0.482

Total

. Prehydrogenated
Kerosine Diesel 011 Arubs Reduced Crude
=BZK

1.51

872
0.478

oll to methane.
three equal zones.

0°-360°C, Fraction
of Prehydrogenated

Teparito Crude

1.50

100.3
30,54
1500

average tempsUILure.

ef_!g_a_t of combustion of product gss — heat of combustion of feed hydrogen x 100.

heat of combustion of feed o1l
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stocks. The conditions employed for diesel oil, also a highly reac-
tive material, are somewnat more severe than required for production
of a natural gas substitute; satisfactory results have been obtained
at opproxiﬁatelj twice the feed rate (one half the residence time)
than that employed in the test reported in Table 3.

Liquid product formation was on the order of 10 wt. g of the

feedstock, and tended to increase with the c/d welght ratio of the
feedstock at comparable operating conditions The conversion effi-

ciency of the process is indicated by net tbermal recoveries of approx-
IHEuelV 30 to 90% under the tle“al process conditions of Table 3;

this parameter is a measure of the fraction of the heat of combustlon
in the feedstock which is recovered in the product gas.

EFFECTS OF PROCESS VARTAELES

The most effective control over nydrogasification product dis-
tribution can be eixerted with tne nydrogen to oil feed ratio. Table 4
shows that an increase in hydrogen feed ratio from 50 to 100% of
stoichiometric reduced carbon formation from diesel oil from about 12%
of the EOuel welght of oil and nydrogen fed, to essentially zero; this
was accoumpanied oy a significant decrease in liguid products formation.
Cu“‘erswon to gas increased correspondingly. The gaseous product dis-
ipution (Figure 1) also chanbed cowsloeraoly as 100% of stoichiometric
feed ratio was epproached, showing an abrupt lncrease in hydrogen break-
tnrou ané a more gradual increase in ethane yield.

% 50% of stoichiometric feed ratio, there was little change in
gaseous product distribution with increases in reactor pressure since
the equinmolar methane-ethane-hydrogen system was close to equilibrium
at the long residence times employed. At 75 and 100% of stoichiometric
feed ratio, tle high ethane ylelos characteristic of aliphatic and
alicycl‘c byoroc“voon hydroqenolygls systems were obtained,!2 and the
‘"OICEG“ utilized for methane formation increased con51d°rably with in-
creases in pressure and cor”e<nond1ng increases in residence time.

The avove results reflect the transition from control by pyrolysis
reactions at the lovest feed ratio, to control by nydrogenolysis reac-
tions ai the nighest feed ratio. The l“GUlG productis also reflect this
transiticn. The proportion of benzene in the 11qu10 products increased
preaily with feed ratio, while the proportion of nigher-tolling aromatics
wvas greatly reduced.

Flzure ¢ correlates gaseous product yields from diesel oil with

tr

residence time, at approximately 100% of stoichiometric feed ratio. It
can be seen that at residence times sufficient for completion of the
primary gasification reactionsasimdicated by nearly constant net gasifi-

ca :101(felchu of product gas less weight of feed hydrogen, both per unit

wvelght of feed oil), the gaaeous product distribution was not affected

Ty opressure over tne 500-1500 p.s.i.g. range. This is characteristic

of operating conditions where gas composition is primarily deteruined

by the secondary, low molecular weight paraffin hydrogenolysis reactions:

Ch Hans+z + Ho —>CH4 + Cp-:1 Haop, which apoear to be pressure insensitive.
Further insight into the nature of the hydrogenolysis reactions

can be gained from the data of Table 5 on the effect of temperature on

conversion of the 0°9-300°C. fraction of prenydrogenated TaDarluo crude

oil. Stoichiometric hydrogen feed ratio and 1500 p.s.i.g. were employed,

and the diameter of the hydrogasifier was reduced to 2 inches to permit

vetter temperature control over a 1100°-1400°F. range at four-fold

variations in oil feed rate. Feedstock conversion to gas increased

greatly with increases in temperature, and increased only slightly with

increases in residence time. Low conversions to gas were accompanied

by corresponding increases in liquid products and substantlally lower
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Table 4.-EFFECTS OF HYDROGEN FEED RATIO AND PRESSURE
ON HYDROGASIFICATION OF DIESEL OIL

Max. Temp.: 1395°_1420°F., 0il Feed Rate: 1.47-1.54 1b. C/hr.
Reactor Dimensions: 3 in. Inside Diameter, 0.145 cu.ft.

Pressure, p.s.l.g. 500 1000 1300
Hydregen feed ratio,

% of stoichlometric 50.0 75.0 100. 51.6 73.2 100.% 4?.7 73.7 99.9
Residence time, sec. 153 131 99.5 298 254 196 43 375 301
Froduct distribution, %

Gas 72.3 85.7 90.4 76.2 86.5 90.8 76.6 88.5 93.2
Liquid 15.9 1l2.1 9.6 11.5 2.2 9.2 1l.2 9.7 €.
Carbon 11.8 1.2 ni 12.3 1.3 nil 12.2 1.8 nil
Pro iquid propertiss
rroggigo%cq fragti n
Wt. % of total 45.6 s4.9 2.k 52,8 542 75,4 491 58.5 82.4
Benzene content, mole ¥ 81.8 83.2 89.8 84,2 83.1 92.4 85.6 84.2 94.8
160°C.-plus fraction
We. % of total - 53.1 444 36,6 46.1 45,1 23,4 49.9 Lo.4  16.5
c/f wt. ratio 1€.19 15.05 1h.49 16.16 16.10 14.98 16.01 16.11 114.87

Table 5.-EFFECTS OF REACTOR TEMPERATURE AND OIL FEED RATE
ON HYDROGASIFICATION OF 0°-360°C. FRACTION
OF PREHYDROGENATED TAPARITO CRUDE

Teed Ratio: 98.0-102.5% of stoichiometric. Pressure: 1500 p.s.i.g.

Reactor Dimensions: 2 in. Inside Diameter, 0.0644 cu.rt.

Feed rate, 1b. C/tr. 1.33 0.67 0.34
Residence time, sec. 150-130 290-350 620-750
Maximum temperaturs, °F. 1100 1300 1800 1100 1300 1400 1100 1300 1500
Product distribution, %
Gas 75.2 86.2 89.9 75.1 87.1 91.9 79.1 &9.2 92.3
Liquid 24 .8 15.8 10.1 2%.9 1z.9 8.1 20.9 10.8 7.7
Carton nil nil nil nil nil nil nil nil nil
Gaseous product yields, 3CF/1b.
Ha ) 21.8 14,3 9.7 20.9 14.3 9.1 17.3 10.6 6.2
CHa 4.1 10.9 i8.7 5.2 12.7 20.3 5.9 15.0 21.6
CaHe 2.7 5.1 1.8 3.3 4.5 1.1 3.7 3.3 0.5
CaHs 1.5 0.1 - 1.3 - -= 1.1 .- -~
Other 0.7 0.2 0.3 0.4 0.1 0.2 0.2 0.1 0.2
Product liquid properties
0°-160°C. fraction
Wt. % of total 41,7 70,1 72.3 49.3 66,4 71.1 59.6 68.6 8l.0
Benizene content, mole % 31.7 92.7 94 .9 52.2 91.0 on .4 71.5 95.% 9h.9
160°C.-plus fraction
Wt. % of total 56.8 29.2 26.3 9.1 32.3 27.8 37.8 30.4 17.6
C/H wt. ratio 10.66 13.90 15.53 11.96 13.94% 15.7% 1k.58 15.83 15.60
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FEED RATIO = 96.0-101.3% OF STOICHIOMETRIC o |
MAXTMUM TEMPERATURE = 1395°-1445°F, )
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aromaticity of these liquid products. This was particularly evident
in the highest feed rate run (shortest residence time) at 1100°F.,
where a substantial breakthrough of unreacted or partially converted
feedstock was indicated by the low C/H weight ratlo of the higher-
voiling fraction of the liquid products, armd the low benzene content
ol the lower-poiling fraction.

The gaseous product distributions in Table 5 clearly show the
sequence cf paraffin hydrogenolysis reactlong leading to the formation
of methane as the ultimate product. At 1100°F., ethane formation was
still increasing toward its optimum value with increases in residence
time, whereas at 1300° and 1L100°F., ethane formation had passed its
optinmum. 5 1100°F., propsne formation had also passed its optimum
within the range of residence times investigated. These trends are
comparable with the results of previous batch reactor tests with low
melecular welght paraffin hydrocarbons which indicated that, as tem-
perature is lncreased, maxima in propane and ethane yields are ob-
tained at approximately 1075° and 1200°F., respectively.'?2
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INTEGRAL PROCESS CONCEFPTS

S e

Two- nydrogen production schemes appear to be feasible for appli-
in an integrated hydrogen production-prehydrogenation-hydro-
cation process for conversion of crude and residual oils:

cati
gasi

)
)

Tne [low diagrams of Figures 3 and U4, showing material requirements
for all streams, are vbased on the production of 1 million SCF/nr. net
£ vipeline gas from Taparito crude oil. A third integral process con-
i cept, not presented, would be autothermic catalytic reforming of

™ product gas with steam and oxygen.

on
i

]

TR T T

atalytic steam reforming of a portion of the product gas, with re-
ormer fuel requirements supplied by prehydrogenator recycle oil.
artial oxidation (Texaco process®) of prehydrogenator recycle oil.

Coa ]

gy )

n

- In Figure 3, the process gas feed supply for conventional cat-

I elytic steam reforming is provided by an increase in hydrogasification
& capacity of about 47% above that required for the net product gas yield.
g I'uel requirements for reforming are supplied with a portion of the pre-
hydrogenator recycle oil.

When partial oxidation of prehydrogenator recycle oil is used for
hydrogen production (Figure 4), somewhat less feed oil is required and
byproduct aromatics production and prehydrogenation and hydrogasifica-
tion duties are substantially reduced. Further, compression costs are
considerably lower, since less make-up hydrogen and recycle hydrogen
are used, and the pressure level of the hydrogen supply is higher
4 (about 400 p.s.i.g. compared to about 100 p.s.i.g. for the reforming
. scheme). However, 276,000 SCF/hr. of oxygen must be supplied from an
i external source. )

[ In the computations for Figures 3 and 4, actual data from Runs 80
5 and 39 (Tavles 2 and 3) were employed for the prenydrogenation and
A hydrogasification steps. Published data for the Texaco partial oxida-

tion step were used.® Practical operating feed ratios of 3 moles of
5 steen per mole of carbon to tre reforming and shift steps in Figure 3,
L and 2 moles of steam per mole of CO to the shift step in Figure 4,

I were employed.®’!® For simplicity, complete conversion in the reform-
' ing and snift steps, and complete removal of CO. were assumed. Other
% assumptions made in these calculatians are: saturated steam is avail-
s able at 200 p.s.il.a. through waste heat recovery; fresh crude oil en-
& ters at T779F,; reforming and preheat furnaces are 75% efficient.

1. . Assuming costs of $2.50/barrel of feed crude oil and $6.00/ton of

oxygen, and a crude aromatics byproduct credit of 10 cents/gallon, net
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STEAM 8500 LB./HR.
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CRUDE OIL 58,900 LB./HR.

. RECYCLE OIL 1.04
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Flgure 4.-HYDROGEN PRODUCTION BY PARTIAL OXIDATION-OF RECYCLE OIL
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material costs of 55 and 60 cents/hillion B.t.u. net product gas were
computed for the schemes of Figures 3 and 4, respectively. No es-
timate of other operating costs, or of investment costs, can he offered
at this time.
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